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An ozone reactor was consirucied using a tubular gas
diffuser made of microporous siainless steel so significantfy
reduce gas bubhlz size and increase overall iass transyer area.
Overall mass transfer coefficient. Kea fs™ [, was correloted
with gas (G) and liguid (L) flow rates using Kpa = ALGE,
with A = 3.96 % 10° [s'], & = [.53. and f = 0.40, with
L and G in fm s ). The reactor is essentially phig flow ar
high G or L. This system achieves one of the highest czone
mass {ransfer rates ohserved in the literature.
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INTRODUCTIOM

Ozone treaiment of wastewaier and drinking water has
been used for decades and is a well-known technology. In
some cases, ozone treatment alone adequately degrades
contaminants ¢ meet water quality standards (Rinkev
et al., 1999). Ozone can also be combined with hydrogen
peroxide dissolved i the aqueous stream to produce high
oxidation rates. Curtent treatmeni systems using ezone
have been lumited due to the high cost of operaiion as well
as by-product concerns. A common problem associated
with ozone oxidation of agueous contaminants is the low
rate of mass transfer of ozone to the aqueous phase and ihe
loss of ozone io the overlying headspsce. Most systems
compensate for these limitations by increasing the amount
of ozone used, resulting in expensive initial capital as well ag
operating and maintenance costs.
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Ozone mass transfer rate is, in most cases, the limiting
siep in the destiuction of pollutants in water ireatrhent. If
this rate were greatly increased by an appropriate reactor
design, then costs associated with water treatmeni could be
effectively reduced. Therefore, the method of gas-liguid
contacting is a critical aspect of the ozonation process.

It has heen found that even with gas bubbles having
diameters as low as 1 mm, the ozone mass transfer rate
remains limiting and ozone is lost in the headspace
(Le Sauze et al., 1993). Since interfacial area drives the
mass transfer precess, bubble size and degree of coalescence
are crucial in determining the rate of mass iransfer and the
oxidative potential of ozone in the system. Mass transfer
rates of gas to liguid for varying bubble sizes have heen
calculated using computer simulations and also measured
experimentally for different sysiems (Boufaif and Roustan,
1998; Mtarjemi and Jameson, 1978; Ohkawa et al., 1983).
As expected, these studies showed that the smaller the
bubble size, the greater the mass transfer rate of gas. The
larger surface area to volume ratio of very small bubbles
provides an overall larger area for ozone mass transfer to
occur. A study of the mass transfer from very small oxygen
bubbles in tap water showed that the best oxygen transfer
rate came from bubbles less than 1 mm in diameter in the
range of 300-1000 um (Qiu et al., 2001).

The reactor used for this study inchides a porous diffuser
that produces sub-micien bubbles. The diffuser extends
concentrically throughout the length of the cylindrical reac-
tor i order to increase the contact time between dissolved
ozone and pollutants as well as to increase the interfacial
area between the gas and liquid. Though coalescence occurs
in the top portion of the reactor, fine bubbles appear
throughout the length of the reactor, thus creating a very
large surface area to optimize the mass transfer rate of
ozone. The purpose of this study was to show how a micro-
porous diffuser system, as well as the reactor configuration,
could optimize an ozone oxidation system. Since the success
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of a water treatment method using ozone is in MOst cases
dependent on the rate of mass transier, a reactor system that
could improve this rate can make this option cost effective
and feasible to use. A literature search did not reveal that a
reactor of this type has previously been tested for ozone
mass transfer from gas to liquid prior to this siudy.

To provide a comparison of the performance of this
reactor to others in the field, the mass transfer coefficient,
Krals™], musi first be determined, where K;, = the overall
mass transter coefficient based on a liguid phase drivin
force [ms™'] and o = interfacial area for mass trausfer per
unit volume fm™). A comparisen of K;a for ozone under
similar experiimental conditions, such as temperature and
pressure, can determine the performance of the reacior in
relation to others in the field. X;a ranged from Q. 0083 to
0.025 s7' for bubble reactors {Roustan ct al., 1996; Zhou
and Smith, 2000).

In order :0 model the reactor systermn, it was necessary (o
define the reactor configuration. The reactor had tswie main
sections. the annular area of the diffuser and the mixing
area abeve the diffuser (Figure 1) Althougn the reactor
should behave nearly as phig flow. to model the reactor
more accuiately the residence time disiribution (RTD) of
the reactor was determined using s inorganic tracer. Since
the reacior swas contained in glass tnbing, it was also possi-
ble to make a qualitative assessment of mixing conditions
by observing a pulse of dye as it flowed through ihe veacior.

The steady state species baiance, considering azxial
dispersion, 1s given hy:
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FIGURE 1. Wicroporous ozone reacior schemalic. Mot to scale.

where ¥y = liquid velocity [ms™'], z = vertical coordinate
im], Co;,= molar concentraticn of ozone in the aqueous
phase [mol m™], Cp;” = molar concentration of ozone in
the agueous phase in equilibrium with the gas phase at
the gas/liquid interface fmol m™], D; = axial dispersion
coefficient [m’s™']. Introducing the second-order transport
term allows the model to predict the reactor performance
more precisely. The value of D; can be determined experi-
mentally by measuring the RTE). This allows us to fully
characterize the reacter for scale-up.

EXPERIMENTAL METHODS

Al mass transfer experiments werc conducted in a
cylindrical reactor consisting of a 0.025 m diameter glass
tube with a height of 1.24 m. A 0.0125 m diameter Mott
porous stainless steel tube (Mott Corporation, Farmington,
CT, USA), 0.914 m in length, with average pore size of
0.5um, was concentrically located inside the plass tube.
Water flowed axially in the annulus between the diffuser
and the glass wall. Six sample ports were installed along
the length of the reactor. The reacror was mounted verti-
cally to achieve uniform and axially co-current bubble flow
(Figure i). These experimenis were conducted without
recirculation.

Water flow rates ranged from 3.33 x 10 to 2.08 x
10 ms?, for each correspouding gas flow rate.
Deionized water with pH 6 was used. The gas flow rate
ranged from 1.45x 10 to 1.67 x 107 m’s™", with the pressure
exiling the ozone generator set at 20 psi. Ozone was produced
by an Ozoma CFS-2A Ozone Generator (Qzonia North
Aurnerica. Elmwood Park, NI, USA). Ozone gas concentra-
tions were determined using an IN USA H-1 Ozone Gas
Analyzer (IN USA Corp., Needham, MA, USA). Aliquot
liquid samples of 2.0 mL were withdrawn from the ports
along the reactor and pipetted into 0.10mL of indigo reagent.
Ozone concentrations in the aqueous phase were measured
using the standard indige dye method (Bader and Hoigne,
1982). Typica] gas concentrations of ozone in oxygen ranged
from 78 to 31 g/m". The steady-state reactor teraperature was
matntained at ~296 K. All experiments for the measurement
of ozone concentrations were rum in duplicates with a repro-
ductbility of &= 2.5%.

Residence Time Distribution (RTD)

The RTD was measured by introducing 5 mL of a salt
solution, 1.0 M KNG,, as an impulse into the inlet stream
of the reactor and measuring the time dependent conduc-
tivity of the liguid leaving the reactor at gas and liquid flow
rates thai corresponded to the azone mass transfer experi-
ments. The gas used for these experiments was oxygen, with
no ozone. Water samples were collected at the sample port
at the end of the diffuser. The conductivity was measured
using a Fisher Scientific Digital Conductivity Meter with an
insertion probe. Samples were collected in 20 mL or 40 mI
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vials it timed increments ranging from 1.68 to 13.7 seconds
in order to obiain the conductivity profile, which is a gra-
phic measure of the dispersion characteristics in the reactor.
Conductivity experiments were run in Uriplicates with @
reproducibility of + 10%.

To determine the dimensionless dispersion number, D, {-{
where D, —-— and ! = length [m], we used the defimition
of the Vdrmnce o2, given by (10):
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where C; = concentration of the salt exiting the reactor at
time t;, [mol &’ 3, ;= time, [s], 12 = dimuumunm mean exit
age of molecules in the flow stream, {s°}. and o7 = dimen-
sional variance, [a‘].
Equation [2] was litted to the data to vbtain the var-
iance of the breakthrough curve. Kuowing and using
othe dispersion boundary conditions for an “opeu”
flow system permits calculation ot‘% from (1Q):
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where + = mean residence time of molecules in the {low
stream, {s] and o = dimensionless variance, {-}.

Development of Analytical Medei for Ozone
Mass Transfer

In order io obtain the mass wansfer coefficient, K, «, a
description of the flow regime wilkin the reactor was
necessary. For simplicity, the flow pattern of the reactor
was initially modeled as plug flow. To describe the ga
flow in the reactor, as well as the axial concentratlon
profile for the gas and liquid phase, the model domain
as a [irst approximation was limited to the height of the
diffuser, since that is the region of most active mass
transfer. The mass balance, including ozone mass trans-
fer, is given by Equation [1], for plug flow. The gas {low
can be approximated by:

G= Gn Ze 14]
where ¢ = volumetric gas flow rate into the aqueous
phase of the reactor at Z [m s Y, G, = volumetric gas
flow rate to the dlffusex, [m s, Z = coordinate along
the axis of the reactor, [m], and 2, = height of the
diffuser, fin}.

Since the diffuser porosity and gas flow rale dre
assumed to be uniform along the length of the diffuser.
Z = 0 at the bottom of the reactor, where water emters
the reactor.

Based on the definition of the Henry’s constant,
H= v = where Cg is the concentration of ozone in the

gas phase fmol m™}. Since il is necessar v to know Cpp ™ tor
the mass balance in Equation {1}, C¢; must be determined.

C';; was obtained by a mass balance at any height in the
reactor between the gas and liquid phuses given by

I{Cor — Ca) = G(Cgo — L) 15}

where £ = volumeiric liqud flow rate, im's™!), Cayp =
gaseous ozone concentration entering the reactor, [mol
m?], and €, = iniet aqueous phase concentration of
ozone, [mol m™].

The values of L. Cep, and C, were constant through-
out each experiment. All experiments were run with Cgo
= 80 gm"". We assumc Cg is constant within the reactor.
The gas phase concentration is well mixed at the entry of
the reactor, and we assume ihat at these gas flow rates,
there is no significant gas-phase concentration gradient
inside the microporous tube.

K., a was correlated with both liquid and gas flow rates
according Lo the [ollowing power-law expression (11):

Kea = ALSGY = ALY (Gul)

7 (6]

where Afs™', « -], and f {-] are constant cocfﬁcients {Perry

et al., 1997). Combining Equations [4] - [6] into Equation
{13, the species balance equation becomes.
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In order to obtain the constant coefficienis and solve for
K a4 at varying flow rates, a nonlinear numerical code was
applied. The ‘mproved Euler Extrapolation (IEX) pro-
gram, which integrales ordinary differential equaiions,
was used for this purpose (Hanna and Sandall, 1995).
Equation {7] was integrated up to Z, for a chosen value
of AL”. For a given experimental run, AL" was adjusted
until the calculated C; at Z = Z, matched the measured
values. This procedure was followed [or each run. The
values for the parameters 4 and o were obtained using a
least squares fit fiom a log-log plot of 4L" versus L.

Mass Transfer Area Visualization

Photographic images of the gas bubbles were obtained
along the length of the reactor with gas flow rate of 8.92 x
10° mY ' and water flow rate of 1.67 x 197 m’'. The
photos were divided into seven sections along the height
of the reactor, with cach section containing a relatively
uniform size of gas bubbles.

The lower parl of the reactor contained gas bubbles
with sphberical shapes. The diameters of the visible bub-
bles ranged from 0.5 to Z mua. The image (rom the lower
region.of the reactor was divided vertically into three sub-
regions. In each sub-region, a i~cm® arca of the photo-
graph was chosen io calculate the swface area of the
spherical bubbles. Five arecas were randomly selected.



The mean and standard deviation of the surface area was
calculaied based on the data from the selecied ceil. The
overall surface area of each sub-region and of the whole
image was then calculated based on the mean surface
area. The surface area of the bubbles that were obscured
from the camera by the diffuser was estimated by simply
adding the same bubble surface area that had been esti-
mated for the exposed part of the diffuser.

For the upper section of the reactor, where there was
noticeable gas bubble coalescence, fewer bui larger bub-
bles were observed, and the shapes were not spherical but
elongated. Above the dilTuser, the length of the bubbles
ranged from 3 to 35 mm with diameters from 3 te 15 mm.
In this region, all the bubbiles in the images were first
labeled, and then the surface area of cach was estimated
using a combination of cylinders capped with hail
spheres.

RESULTS

Experimental Measurement of Ozcne Mass Transfer

Figure 2 presents results for experiments at G, = 1.067
x 107 m’s™ and different liquid flow raies ranging from
8.3 % 10°° to 2.1 x 107 m¥s™', indicating the rise in aquecus
ozene concentration along the height of the reactor.
Along the lower portion of the reactor, all of the experi-
ments show mass transfer occurring linearly with Z. This
is most likeiy observed because the total amount of ozone
gas that enters the reactor also has a linear relationship
with the height of the diffuser, as given in Equation [5].

the aqueous ozone concenfration was far {from saturation.
Most of the experiments indicated a very high transfer rate of
ozone from the gas phase to liquid phase.

Residence Time Distribution (RTD)

Figure 3 shows a representative RTD experiment for a
given water flow rate and varving gas flow rates. For all
of these experiments, a higher gas or liquid flow rates
produced a smaller D;, indicating that the reactor
approximates plug flow under these conditions. Values
of D, are listed in Table I for each corresponding flow
rate. There is a linear relationship beiweep D, and L for
each G, with correlation coefficient, r’ [-], above 0.90. The
equations at different gas flow rates are presented in
Table 2. We can thus calculate the dispersion number at
any liquid or gas flow rate within the range of our
experiments.

Reactor Model Parameter Values

The mathematical mode! vsed in this study was con-
fined to the height of the diffuser in the reactor. This was
done since the concentration of ozone in the aqueous
phase changes very little above the diffuser for almost
all of the gas and water flow rates used in the model.
Most of the mass transfer of ozone occurs within the
length of the diffuser.

We first assumed that D; would be negligible in
Equation {7] and set it to zero. This simplified the initial

Therefore, at the Z = Z,= 6.867 m, which is the top of P
the diffuser, all of the gas has entered into the aqueous 5 ' e
. . . B . 1 Y
phase via the diffuser. After this point in the reactor, the = o0 | ;;;g:sﬁi M
bubbles are seen to coalesce and not much more mass -..E | —+—4.83E0B s
transfer is seen, with an aqueous ozone conceniraiion £ 0015 -
profile nearly constant. 8
For the experiments using the higher gas flow rates, the i 041 1
aqueous 0zone concentration is near saturation, especially ai g 0.005 -
the lower liquid flow rates. The equilibrivim aguecus ozone =
R . 21 . .
concentration is ~21 gm™. In contrast, at iow gas flow rates, 0 -mma : .
4] 100 200 300 A00
time: {seconds)
= 20 — = FIGURE 3. Residence time distribution for a water flow rate of
Es- _ g 8.33 x 10 m%™ and different gas flow rates.
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FIGURE 2. Aqueous ozong concentration along the lengtk of 8.33 % 30_5 0.0588 0.0547 0.0516
reactor with a gas fiow rate of .67 » i0° m®™ and differen; & 125> 107 0.0472 0.0387 0.0288
water flow rates. ? 2.08 x 10~ 0.0262 0.0194 0.0132
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TABLE 2. Linear Correlation of D, with L and G

Liquid flaw rate (L) (m*/s) Gas flow rate (G) (m/s) 3y correlation e
333 % 107 - 2.08 x 107 483 % 107 Dy = -0.0040 L + 0.103 0.90
333 % 10 - 2.08 x 107 8.92 % 10 D= -0.0040 L. + 0.098 0.92
233 % 10® - 2.08 % {07 1.67 x 107° Dy = -0.0026 L. + 0.066 0.93
TABLE 3. Dependence of Aand o on f 0.70 - T
2 —5— 2.5€-05 m¥s

B A (s/m®) o r? 080 1 | 5 e 08w
0.40 6.330 x 10° 1.5202 0.89 0.50 - j{: ;ggg: :P;z
0.45 3.956 x 10° 1.4323 0.85 7 0.0 | | —— 0.56.05 me
0.50 2.297 % 10° 1.5278 0.84 « ol T
0.75 9.533 % 10° t.4001 0.77 € U

0.20 -

.10
integration of Equation [7], since most of the parameter om0 b .

values were known or measured except 4. « and ff. Four
values of f# were chosen, namsly 0,40, 0.45, 0.50, 3.75;
these values weve chosen based on a literature valne of
0.45 for f in a mixed reactor (Levenspiel, 1999). The
corresponding A4 and o values ai different £ ave presented
in Table 3. § = 0.40 resulted in the best fit. Values of K;a
for the reactor at varying gas and fiquid flow rates are
presented in Figure 4, with the vatues ranging from
0.0229 s to 0.553 5. After obtaining D; from the RTD
experiments for all of the gas and liquid flow rates, we
used Equation [7] with the experimental D; to recalculate
Kia. The best corrclation for K, g is:

Kio =396 x 10° L1 g0 8]

with L and G in m’s™" and K.z in 57",

Although the correlation improved slightly by inchud-
ing D; in Equation [7], the effect was almosi negligible.
This indicates that the dispersion ia the reacior is small
enough to be neglected in the model, in particular at
higher liquid and gas flow rates.

Mass Transfer Area

Some examples of the bubble images are presented in
Figures 5, 6, and 7. The area of the bubbles along the length
of the reactor is presented in Figure 8, for G = 8.92 x
10°m’s " and 2 = 1.67x 1075 m™ . The otal surface area
of the bubbles in the reactor was 0.235 m> At the end of the
diffuser, the bubble area was 0.206 m> The area of the
bubbles was also examined using the sane gas flow rate
but with zero water flow rate, and the vesuits showed that
the total surface area of the bubbles was ~22% larger.
The surface ares of the bubbles were obtained in order
to calculate # in K,a, where ¢ = surface arca of the
bubbles / volume in the reactor. The vatue of @ was 624 ™!
for this reactor system under these flow conditions.

1.0E-08 15E-05 20E-08 25B05 3.0E-05
Liguid Flowrate, L (m’/s)

FIGURE 4. Predicted K,a as a function of liquid and gas flow
rates,

5.0E-08

CONCLUSIONS

The experimental data of aqueous ozone concentrations
along the length of ihe reactor indicated concentrations
that were ciose to saturation for the higher flow rates,
which would indicate a high mass transfer rate. However,
to evaluaie the performance of the reactor, the ozone mass
transfer coefficient, K;a, needed to be calculated and
compared to other reactor systems. ¥;a values in the
literature for bubble reactors with diffuser pore sizes 10
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FIGURE 5. Bubbles in middie porfion of reactor.

FIGURE 7. Bubbles in lower portion of reactor.
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FIGURE 8. Bubble surface area along height of reactor, for & =
892 % 10° m¥%s and L = 1.67 % 10°° m%s.
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1o FUU LIMES 1Arger than the microporous ciliuser used i
this study range from 0.0083 up to 0.032 5. The diffusers
in these studies also do not extend throughout the length
of the reactor. Comparing our results with these studies
under similar temperature and pressure as reported in (Qiu
et al., 2001, Roustan et al., 1996; Zhou and Smith, 2000),
Kya = 0.023 s for the microporous reactor at G = 4.83 x
10% mis! and L = 1.67 % 107° m¥%.

When the liquid flow rate is increased, a very large
increase in the Kja value can be obtained with our sys-
tem. For example, when the lignid flow rate was
increased (rom 3.33 % 10® 0 2.08 x 10° m’s™ at a con-
stant gas flow rate of 1.50 x 107° m?"', the K a value
increases by ~14 times, from 0.0223 to 0.316 s, K; at
this flow rate was calculated as 4.85 x 10 m®™!. This
value was comparable Lo other literature values (Higbie,
1935; Hughmark, 1967; Rousian et al., 1981; Zhou and
Smith, 2000). When K; was extrapolated for an average
bubble diameter in our reactor system {(~1.3 mm), our K
imatched the literature vajue within 12%.

Most studies conclude that with conventional bubble
diffusers, the gas flow rate is the most important (actor
affecting the ozone mass iransfer coefficient. However,
with a microporous diffuser that extends throughout the
length of a tubular reactor, our studies indicate that for
this reactor, the liquid flow rate plays & significant role on
the rate of ozone mass transfer, since o > .

This may be due to the shearing effect of the liquid on
the sub-micron gas bubbles as they are forced through the
very small pores of the diffuser. Therefore, a higher liquid
flow rate may result in a Jarger number of smaller bubbles
in the stream, increasing the surface area for mass trans-
fer to occur. The reactor is essentizlly plug flow at high G
or L, which is a Better configuration for an ozone reactor.
This systemn achieves one of the highest ozone mass trans-
fer rates observed in the literature.
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